Production of CO₂-neutral liquid fuels by integrating Fischer-Tropsch synthesis and hydrocracking in a single micro-structured reactor: Performance evaluation of different configurations by factorial design experiments by Kirsch, Hannah et al.
Contents lists available at ScienceDirect
Chemical Engineering Journal
journal homepage: www.elsevier.com/locate/cej
Production of CO2-neutral liquid fuels by integrating Fischer-Tropsch
synthesis and hydrocracking in a single micro-structured reactor:
Performance evaluation of different configurations by factorial design
experiments
Hannah Kirsch⁎, Natalie Lochmahr, Christiane Staudt, Peter Pfeifer, Roland Dittmeyer
Institute for Micro Process Engineering, Karlsruhe Institute of Technology, Hermann-von-Helmholtz-Platz 1, Eggenstein-Leopoldshafen D-76344, Germany
H I G H L I G H T S
• Process intensification by integrating Fischer-Tropsch Synthesis and Hydrocracking.
• Performance study of integrated process by factorial design experiments.
• Product characteristics strongly influenced by the integration configuration.
• Suggestion of elaborated integration patterns of both reactions.
• Practical application of Power-to-Liquid process feasible.








A B S T R A C T
Humankind must drastically reduce CO2 emissions within the next three decades to limit global climate change.
Defossilization of the transport sector must contribute to the achievement of this ambitious aim. One promising
option is the production of synthetic liquid fuels from CO2, water, and renewable electrical energy. Liquid fuels
will also be used in the future, especially for heavy-duty vehicles and aviation. We studied the production of
liquid fuels by integration of Fischer-Tropsch Synthesis (FTS) and Hydrocracking (HC) in a single micro-struc-
tured reactor. Thereby, we addressed the aspects of process simplification and process intensification. Both are
particularly important for flexible small-scale plants for decentralized application in context of the energy
transition. In this study, we systematically investigated the performance of the integrated FTS/HC process de-
pending on different operating conditions (pressure, temperature, weight hourly space velocity, H2/CO synthesis
gas ratio) and integration configurations by applying a factorial design approach. Beyond the selectivity of the
process towards liquid fuels, we especially focus on the product quality affected by the type of produced hy-
drocarbons. We identified significant influence parameters on process performance, which is essential to know
for practical application. We showed that the crude product quality was significantly influenced by the in-
tegration pattern. Therefore, we suggested more elaborate integration configurations to overcome the challenge
of suboptimal operation conditions for the FT and HC catalyst and improve the product quality.
1. Introduction
Climate change is a global concern. Its consequences – such as de-
sertification, melting of polar ice caps, rising sea levels, and the oc-
currence of extreme weather events – threaten the livelihoods and
welfare of humankind [1]. From local to national scales, governments
across the world have therefore committed themselves to drastically
reduce anthropogenic greenhouse gas emissions, in particular CO2
emissions [2–5]. The so-called 1.5 °C report by the International Panel
on Climate Change (IPCC) sets the ambitious aim to reach net zero CO2
emissions by 2050 [3]. The transport sector is responsible for about 23
percent of global CO2 emissions [6]. However, globally, little success
was achieved in reducing CO2 emissions in the transport sector in re-
cent years, and the share of renewable energies has stagnated around 3
percent [6].
Liquid fuels will most likely continue to play an important role in
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transportation alongside other concepts such as electric mobility,
especially for heavy duty vehicles and aviation [7]. So-called Power-to-
Liquid (PtL) processes produce synthetic liquid fuels from CO2 and
water using renewable electrical energy. The CO2 can be obtained from
industrial exhaust gases, which cannot be avoided. Moreover, it is
possible to create a carbon dioxide neutral cycle if CO2 is filtered di-
rectly from the air by direct air capture [8,9] or captured from biogas
[10,11]. The first process step produces synthesis gas (hereafter re-
ferred to as syngas), a mixture of hydrogen and carbon monoxide. There
are several methods to produce syngas, such as electrolysis in combi-
nation with reverse water–gas-shift reaction [12], or co-electrolysis
[13]. A promising subsequent approach to convert syngas into liquid
fuels is the combination of the Fischer-Tropsch Synthesis (FTS) and
Hydrocracking (HC) to produce middle distillates (potential synthetic
Kerosene and Diesel substitutes). The produced synthetic fuel may still
need further processing due to fuel quality regulations in place for
blending or even direct use. This could be done in existing refineries or
eventually on site in a fuel upgrading module. This is a topic of research
and development in ongoing projects. Fig. 1 illustrates an exemplary
PtL process based on FTS and HC.
FTS is a highly exothermic reaction, which delivers a wide range of
hydrocarbons of different chain length depending on the reaction
conditions and the catalyst. The cobalt-catalyzed FTS at low tempera-
ture, i.e. 200–250 °C, produces mainly linear saturated hydrocarbons
(eq. (1)) [14].
+ + → + = ≈ −+ −HnCO (2 n 1)H C H nH O Δ (n 10) 158 kJ mol2 n 2n 2 2 R CO 1
(1)
However, as the FTS is subject to polymerization kinetics, the
maximum selectivity towards the desired middle distillate fraction is
limited and the formation of long chain hydrocarbons cannot be
avoided [15]. The Anderson-Schulz-Flory distribution (ASF) describes
in first approximation the product distribution of the FTS. According to
the ASF, the C10-C20 selectivity can reach a maximum value of nearly
40 percent for a chain growth probability of 0.87. The chain growth
probability is a function of the catalyst and the reaction conditions. It
reflects the ratio between the probability of intermediate desorption
and further chain growth.
HC should selectively crack the long chain hydrocarbons produced
in the FTS under a hydrogen atmosphere into shorter hydrocarbons (eq.
(2)) and saturate the cracking products by hydrogenation (eq. (4)).
Cracking of smaller compounds and especially the middle distillate
fraction should be avoided in the process. In this way, the selectivity of
the overall process towards the desired middle chain hydrocarbons
increases, and at the same time the selectivity to gaseous products is
minimized. Cracking is always accompanied by isomerization (eq. (3)),
which improves the cold flow properties of the fuel [14]. For HC, a
bifunctional metallic and acidic catalyst is used [16]. The metal sites
catalyze hydrogenation and dehydrogenation. At the Brønsted acid
sites, skeletal rearrangements and scissions of the carbon–carbon bonds
take place. The widespread mechanistic view [16] is that HC occurs via
alkenes and carbocations occur as intermediates. Saturated
hydrocarbons produced in the FTS are dehydrogenated to alkenes at the
metal site. The alkenes are further converted on the acid site via iso-
merization and cracking into shorter saturated and unsaturated hy-
drocarbons. The olefinic cracking products can be converted on the
metal via further hydrogenation. If pure primary hydrocracking
without multiple cracking of hydrocarbons occurs, it is called ideal
hydrocracking [16].
→ ++ − − +C H C H C Hn 2n 2 n m 2(n m) m 2m 2 (2)
− → −+ +n C H iso C Hn 2n 2 n 2n 2 (3)
+ ⇆− − − − +C H H C Hn m 2(n m) 2 n m 2(n m) 2 (4)
Electricity from wind and solar energy, which are the most pro-
mising renewable sources, is subject to strong fluctuations in the time of
day and season. Moreover, there could be a discrepancy between the
place of generation and the place of demand as renewable energy is
generated more locally than energy from conventional sources. This
local energy production suggests compact, small-scale, container-based
plants, easily installable next to the energy source [17]. For these
compact plants, the number of process steps must be minimized to re-
duce CAPEX without losing process efficiency. Besides, processes
commercially operated on large-scale cannot be implemented eco-
nomically on small-scale. Thus both, process simplification and process
intensification become very important.
To simplify the process, FTS and HC can be integrated. Integration
can take place on different scales, ranging from the level of the catalyst
active site to the level of process design [18]. Newly developed catalysts
open up integration at the catalyst level by combining the catalyst
functions for FTS and HC [19–23]. Integration on reactor level is
achieved by arranging both catalysts in a single reactor [24–28]. This
paper focuses on integration at the reactor level. To address the aspect
of process intensification, we use a micro-structured reactor. Micro-
structured reactors have a large volumetric surface area resulting in
excellent heat and mass transfer properties for FTS [29,30]. Hence, high
conversion rates per reactor volume as well as high per-pass yield can
be achieved, even with highly active catalysts. Dynamic operation of
the micro-structured reactor is also feasible [31]. So-called numbering-
up can considerably facilitate scale-up [32]. One of the challenges for
integrating FTS and HC in one reactor is that both catalysts need to
operate under the same, usually suboptimal, reaction conditions
[33,34].
This experimental study investigates the performance of an in-
tegrated FTS/HC-process in a micro-structured reactor accounting for
various integration patterns as well as different operation conditions
such as pressure, temperature, weight hourly space velocity (WHSV),
and H2/CO syngas ratio. We report the effects of the operating condi-
tions on the conversion, product distribution, as well as the product
quality. Going beyond existing studies in literature [28], we do not only
analyze the chain length distribution of the produced hydrocarbons, but
we also look at the type of produced hydrocarbons distinguishing be-
tween n-alkanes, iso-alkanes, and olefins. The type of produced hy-













Fig. 1. Exemplary PtL process based on FTS and HC. CO2-neutral synthetic liquid fuels are synthesized from CO2, water, and renewable electrical energy.
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comprehensive evaluation of the integrated FTS/HC process in a single
reactor, the analysis of the type of produced hydrocarbons is particu-
larly interesting, as for example the presence of CO during hydro-
cracking is known to affect production of olefins [33,34]. In comparison
to other literature studies, applying the method of design of experi-
ments with a complete second order factorial design allows the sys-
tematic and unbiased examination of the influence of the considered
factors independently from each other. In particular, statistical ex-
periment planning is useful to avoid misinterpretation of experimental
data through slight catalyst deactivation over the time of experiments.
We define significant process factors for the defined target values.
Moreover, we identify the level of each factor that is favorable for each
target value. The use of factorial design experiments allows consider-
able reduction of the number of individual test points without losing
important information. The interpretation of results focuses on the
practical application in PtL plants and is of widespread significance.
2. Experimental design
2.1. Catalyst preparation
We prepared two catalysts by incipient wetness impregnation fol-
lowing Ref. [28]. The Fischer-Tropsch(FT)-catalyst consists of 20 wt%
Co and 0.5 wt% Re as promoter supported on γ-Al2O3. The γ-Al2O3
support (3 µm, 80–120 m2/g, Alfa Aesar) was impregnated with an
aqueous precursor solution containing cobalt(II)nitrate hexahydrate
(Sigma-Aldrich) and perrhenic acid (75–80 wt% aq. soln., Alfa Aesar).
After drying overnight at 120 °C, the catalyst was calcined in air at
400 °C for 2 h.
HC-catalyst Pt-ZSM5 with 0.5 wt% Pt was used. NH4–ZSM5
(425 m2/g, 80:1 mol ratio SiO2:Al2O3, Alfa Aesar) was calcined at
550 °C for 12 h to form H-ZSM5. H-ZSM5 was impregnated with an
aqueous precursor solution containing tetraammineplatinum(II) hy-
droxide solution (8–11 wt% Pt, Alfa Aesar). After drying overnight at
120 °C, the catalyst was calcined in air at 550 °C for 6 h.
The weight percentages of the metals reflect the elemental metal
content in the reduced catalyst. For more information on the catalysts,
see Table 1. Deviations between the nominal values of the metal con-
tent and actual ones are mainly due to errors in dosing and weighing
when producing small batches of catalyst. Both, FT and HC catalyst
were pressed into tablets and crushed to small particles avoiding large
pressure drop. For the experiments, we used a sieve fraction with a
mesh of 50 – 100 µm. Prior to the experiments, the catalysts were re-
duced in situ in a hydrogen flow with WHSV 2 h−1 at ambient pressure
and 340 °C (temperature ramp of 1 °C/min and dwell time of 15 h).
2.2. Experimental setup
We carried out the experiments in an oil-cooled micro fixed-bed
reactor allowing near-isothermal operation. The reactor has a total
catalyst bed volume of 6.8 cm3 and the catalyst is filled into a 1.5 mm
wide annular gap (Fig. 2a). We studied two different catalyst bed
configurations (Fig. 2b). In the case of the sequential configuration, the
FT catalyst and HC catalyst were arranged in series. In the case of the
hybrid configuration, the catalyst bed consisted of a well-blended
physical mixture of FT and HC catalyst. We loaded equal masses of each
catalyst (0.8 g) into the reactor, following previous studies [28]. The
catalysts were diluted with inert α –Al2O3. For the corresponding FT
reference experiments, the HC catalyst was replaced with inert material
and the catalyst bed contained only FT catalyst mixed with α –Al2O3.
Thus, the length of the FT catalyst bed was identical to those of the
integrated FTS/HC experiments. In comparison to the sequential order,
the FT catalyst was distributed over the FT bed length. In comparison to
the hybrid bed, the FT catalyst was distributed over the whole bed
length.
Fig. 3 shows a simplified flow scheme of the test rig. H2, CO and N2
were dosed by mass flow controllers (MFC). Synthesis gas was diluted
with 3 vol% nitrogen as internal standard for the gas chromatograph
(GC) measurements. Most of the incoming gas flow was preheated to
200 °C and passed through the reactor. A small part of the gas flow
bypassed the reactor allowing measurement of the composition of the
reactant flow. The product stream leaving the reactor was separated in
the hot trap, operated at 190 °C, and then in the cold trap, which is
cooled to 6 °C. In the hot trap, we collected the wax fraction. In the cold
trap, we condensed the liquid fraction and the by-product water. The
remaining permanent gases were injected into an online-GC. The
compositions of the wax and the liquid product samples were analyzed
in an offline-GC. A back pressure regulator valve maintained a constant
pressure at a defined level in the system.
We ran experiments up to 1100 h on stream. After a running-in
phase of 200–300 h, we started the test points. We maintained the
process conditions of each test point for about 24 h, and we collected
steady state samples during the last 12–15 h of each point.
2.3. Product analysis
The gaseous products were analyzed by an online-GC (Agilent
6890 N). It is equipped with two columns: a molecular sieve 19095P-
MS6 to separate the permanent gases H2, CO, N2, CH4, and a HP-Plot/Q
19095P-Q04 for the separation of the hydrocarbons C2-C7. A thermal
conductivity detector (TCD) or a flame ionization detector (FID), re-
spectively quantified all gases. The TCD measures the permanent gases
H2, CO, N2 and CH4. The FID quantifies all hydrocarbons by combustion
in a hydrogen flame.
The liquid phase from the cold trap was separated into an aqueous
phase and an oily phase containing liquid hydrocarbons. The oil phase
was analyzed in an offline-GC (Agilent 7820A) with an autoinjector
equipped with a DB-2887 column and a FID. The wax phase from the
hot trap was dissolved in carbon disulfide (CS2) and analyzed in an
offline-GC (Agilent G1530A) equipped with a heated injector module
(Gerstel KAS cold feed system with controller C506), the column MXT-
1HT, and a FID.
Table 1
Physical properties of the self-prepared FT and HC catalyst. For FTS we used a Co/Re-Al2O3 catalyst; for HC we used a Pt-ZSM5 catalyst. We characterized both
catalysts after calcination, before reduction.
catalyst compositiona (wt%) surface areab (m2/g) metal dispersionc (%)
Co/Re-Al2O3 Co 17.9 ± 5.2, Re 0.9 ± 0.3 95 ± 4 4.9
Pt-ZSM5 Pt 0.4 ± 0.006 (447 ± 4) 2.8
a Metal content was quantified by ICP (inductively coupled plasma) measurements. Indicated value is mean value of three repeated analysis.
b Surface areas were determined on a Micromeritics 3Flex by nitrogen physisorption at 77 K and calculated after BET (Brunauer, Emmett and Teller)-method
[35]. Indicated value is mean value of five repeated analysis. Surface areas for HC catalyst in brackets as the applicability of the BET equation for the analysis of
microporous materials such as zeolites is limited in a strict sense, see [59].
c Metal dispersions were determined on a Micromeritics 3Flex by hydrogen chemisorption. After online reduction of the catalyst at 350 °C for 15 h with a
temperature ramp of 2 °C/min in a 5 percent H2/Ar flow followed by an evacuation of 30 min, the measurement was performed at 35 °C. Metal dispersion is
calculated according to Ref. [36].
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The integral mass flow of the liquid and the wax phase was de-
termined for more than 12 h under steady-state conditions. The total
mass balance and atomic closures were typically better than ± 10%.
According to experience, the main error source is the collection of li-
quid and wax phase from the traps. Residues of wax and oil could re-
main in the two traps. Furthermore, releasing the samples to ambient
pressure for analysis causes short chain hydrocarbons, originally dis-
solved in the liquid and wax phase, to escape. The separation of hy-
drocarbons and water is another error source. The closure of the mass
balance affects the selectivities, while the relative error is less than 11
percent.
We calculated the CO conversion Xco and the carbon monoxide-re-



























where Ṅi is the molar flow rate of hydroarbon i, nc i, is the carbon
number of hydrocarbon i.
We classified the hydrocarbon products into lumps sums according
to the C number: C1-C9, C10-C20 and C21+. Furthermore, we dis-
tinguished between n-alkanes, isomers, and alkenes. No aromatics
could be detected.
2.4. Experimental design
We conducted the experiments following an approach of statistical
design of experiments [37,38]. In statistical design of experiments,
target values, factors, and factor levels are defined. Target values are
measured quantities or quantities calculated from measured values,
which describe the experiment result. Factors are the presumed sig-
nificant influence parameters on the defined target values. The values
that the factors take on in the experiments are called levels. If an ex-
periment design contains many factors, normally two levels for each
factor are considered to limit the effort. This results in a factorial ex-
periment design designated as (number of levels)(number of factors). We
investigated the effect of the process conditions pressure, temperature,
WHSV, and H2/CO syngas ratio by a complete 24 factorial design. The
WHSV was related to the FT catalyst mass. As target values, we defined
the CO conversion, the C10-C20 selectivity and the isomer selectivity.
We aimed to maximize all target values. A triple repetition of a center
point allowed identification of possible time-dependent effects and
testing of the reproducibility of the experiments. The operating condi-
tions ranged the following: p = 20–30 bar, T = 225–255 °C,
WHSV = 6–12 h−1, and H2/CO syngas ratio = 1.7–2.2. The center
point was located equidistant from the two levels of the test point. The
levels are coded with −1, 0, and 1 (Table 2). Table 3 shows the ex-
periment factorial design with 19 points in total (16 test points and 3
center points). For the experiments, we randomized the order of the test
points.
We calculated the effect of a factor on the defined target values as
described in literature for experiment design [37]. Applying a complete
24 factorial design, for each factor, there are eight pairs of experiments
where only the considered factor differs, and all other three factors are
the same. For example, for the factor pressure, the experiment pairs are
the following: 3/11, 7/12, 6/4, 10/2, 8/15, 5/13, 9/14, 1/16. The
difference in the target values of these experiment pairs is a measure of
the effect of the factor. We obtained the effects by the calculation of the
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where Ex,y is the effect of factor x on target value y, m is the number of
























Fig. 2. a. Micro fixed-bed reactor used in the ex-
periments. The catalyst bed consists of a 1.5 mm wide
annular gap. Oil-cooling allows quasi-isothermal op-
eration. b. Catalyst configurations for FT reference
experiments (ref) and integrated FTS/HC experi-
ments. In the sequential configuration (seq) FT and
HC catalyst were arranged in series; in the hybrid
configuration (hybrid) both catalysts were physically
mixed. We used equal mass (0.8 g) of each catalyst.
The catalysts were diluted with inert α –Al2O3. Two
FT reference experiments (ref) were applied for
comparison with the sequential and hybrid bed,















190 °C 6 °C
Fig. 3. Simplified flow scheme of the test rig. The reactants H2, CO and N2 were
mixed, preheated and fed into the micro-structured reactor. In the reactor, both
reactions, FTS and HC, were integrated. The products were separated by a hot
trap and a cold trap and analyzed by gas chromatography.
Table 2
Level coding of the factors (influence parameters) for factorial experiment de-
sign. We accounted for four factors: pressure, temperature, WHSV, and H2/CO
syngas ratio. We defined two levels for each factor: lower level (−1), upper
level (+1), level 0 refers to the center point.
level pressure/bar temperature/°C WHSV/h−1 H2/CO ratio/–
−1 20 225 6 1.7
0 25 240 9 1.95
+1 30 255 12 2.2
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the factor.
The absolute value of the effects is a measure of how strongly the
factor influences the target value. In case of positive effects, factor and
target value are positively correlated. In case of negative effects, factor
and target value are negatively correlated. It should be noted that in
case of small influence of a factor on a target value, the difference in the
target values of the individual experiment pairs can differ in sign, and
hence, the calculated effect is not significant.
3. Results and discussion
3.1. Study of the FT reference
3.1.1. Effect of operating conditions on conversion and selectivity
We conducted FT experiments as reference for the integration of FTS
and HC. We did not observe significant differences between the two FT
reference experiments with different catalyst bed configurations
(Appendix, Fig. 8). Consequently, we do not distinguish between these
two experiments in the following, but mentioning only “FT reference
experiment”. As previously mentioned, we investigated the effect of
pressure, temperature, WHSV, and H2/CO syngas ratio on the CO
conversion, C10-C20 selectivity and isomer selectivity. Table 4 lists the
overall effects. The catalyst deactivated over the time of the experi-
ments (see measured CO conversion of center points Z1, Z2, Z3 in Fig. 4
highlighted in red). We corrected the measured CO conversion in order
to obtain a time-independent effect of the input parameters on the CO
conversion. For more information, see section 3.1.3.
The CO conversion reaches up to 60 percent (Fig. 4). Of the pre-
sumed factors, temperature most affects the CO conversion, followed by
WHSV, H2/CO syngas ratio, and pressure (Table 4). The C10-C20 se-
lectivity ranges from 10 to 35 percent (Fig. 4). The influence of tem-
perature on the C10-C20 selectivity is the strongest, followed by WHSV,
pressure, and H2/CO syngas ratio (Table 4). The isomer selectivity is
lower than 5 percent (Fig. 4). No input parameter shows a distinctive
effect on the isomer selectivity (Table 4). Though not part of the dis-
cussion, information about the C1-C9 selectivity and the C21+ selectivity
are provided in the Supplementary Information.
Temperature rise leads to increased CO conversion due to the ex-
ponential increase of the reaction rate with temperature according to
Arrhenius law. Besides, a higher temperature favors the endothermic
desorption process of the products from the catalyst surface resulting in
a lower chain growth probability. The here observed positive correla-
tion of the temperature on the C10-C20 selectivity indicates that at a
temperature of 225 C the chain growth probability is at high values
where more hydrocarbons with more than 20 C-atoms are formed. With
increasing temperature the product spectrum of the FTS is shifted to-
wards shorter hydrocarbons and more hydrocarbons in the range of
10–20 C-atoms are produced. But the selectivity towards gaseous pro-
ducts also increases.
An increased WHSV corresponds to a reduced residence time of the
reactants in the reactor. Consequently, the probability of chain initia-
tion and chain growth reactions drops, and CO conversion decreases.
Lower CO conversion coincides with lower C10-C20 selectivity. With
rising CO conversion, the H2/CO ratio decreases as the usage ratio of
the FTS is above two. Lower H2/CO ratio results in higher CO con-
centration on the catalyst surface promoting chain growth.
Higher total pressure results in improved CO conversion due to the
increase of the reaction rate with higher partial pressure of the re-
actants. The chain growth is promoted with elevated pressure since CO
adsorbs more strongly on the catalyst surface and, hence, the possibility
of further carbon integration into the chain increases. The here ob-
served negative correlation of the pressure on the C10-C20 selectivity
indicates that at a total pressure of 30 bar the chain growth probability
shifted to values where more hydrocarbons with more than 20 C-atoms
are formed.
The effect of the H2/CO syngas ratio on CO conversion and C10-C20
selectivity is more complex as it depends on the usage ratio during
Table 3
Complete 24 factorial experiment design with 16 test points. We extended the
24 factorial design with triple repetition of a center point. For the level coding
of the factors, please refer to Table 2.
Point pressure temperature WHSV H2/CO ratio
center 0 0 0 0
3 −1 −1 −1 −1
11 +1 −1 −1 −1
7 −1 +1 −1 −1
12 +1 +1 −1 −1
6 −1 −1 +1 −1
4 +1 −1 +1 −1
10 −1 +1 +1 −1
2 +1 +1 +1 −1
center 0 0 0 0
8 −1 −1 −1 +1
15 +1 −1 −1 +1
5 −1 +1 −1 +1
13 +1 +1 −1 +1
9 −1 −1 +1 +1
14 +1 −1 +1 +1
1 −1 +1 +1 +1
16 +1 +1 +1 +1
center 0 0 0 0
Table 4
Overall maximum factor for the effect of pressure, temperature, WHSV, and H2/
CO syngas ratio on CO conversion, C10-C20 selectivity, and isomer selectivity for
the FT reference experiment. The absolute value of the effects is a measure of
how strongly the factors influence the target values. In case of a positive effect,
factor and target value are positively correlated. In case of a negative effect,
factor and target value are negatively correlated. For calculation of the effects,
please refer to section 2.4.
CO conversion C10-C20 selectivity Isomer selectivity
pressure 0.81%* −1.44% −1.09%
temperature 28.67%* 11.67% 0.26%
WHSV −12.46%* −4.39% −0.43%
H2/CO ratio 6.18%* −0.60% −0.22%
* Corrected CO conversion taking into account catalyst deactivation (see
section 3.1.3).
Fig. 4. CO conversion (corrected and measured), C10-C20 selectivity, and isomer
selectivity for all test points of the FT reference experiments. Z1, Z2 and Z3
refer to the center points. For the operating conditions of each test point, please
refer to Table 2 and Table 3. For the correction of the CO conversion, please
refer to section 3.1.3. The measured CO conversions of the three center points
(marked with a cross) are a measure for the deactivation of the FT catalyst
during the experiments.
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synthesis, which is in itself dependent on CO conversion and selectivity.
The usage ratio is the ratio of the reaction rates of H2 and CO.
Producing infinitely long carbon chains, the usage ratio approaches
two. The usage ratio is influenced by the H2/CO syngas ratio. An un-
derstochiometric H2/CO syngas ratio limits CO conversion. In general,
with higher H2/CO ratio the driving force for hydrogenation becomes
stronger and the chain growth probability decreases. Under the con-
ditions applied, the C10-C20 selectivity declines with higher H2/CO ratio
indicating that the product spectrum is shifted towards hydrocarbons
with less than 20 C-atoms. Nevertheless, under specific conditions
starting at high alpha values and thus high C21+ selectivity, an increase
in the C10-C20 selectivity could also happen.
3.1.2. Effect of CO conversion on selectivity
Fig. 5 shows the C10-C20 selectivity and isomer selectivity as a
function of the measured CO conversion for the FT reference experi-
ments. The isomer selectivity seems to be independent from the CO
conversion, whereas the C10-C20 selectivity is strongly correlated with
the CO conversion. It should be noted, that when comparing test points
operated at the same temperature, a dependence of the C10-C20 se-
lectivity on CO conversion can also be observed. In Fig. 5, the tem-
perature of the corresponding test points is indicated for the C10-C20
selectivity. At a temperature of 225 °C, CO conversion is up to 6 per-
cent; at a temperature of 240 °C, CO conversion ranges from 10 to 19
percent; and at a temperature of 255 °C, CO conversion is between 22
and 53 percent. It should be noted, that when comparing test points
operated at the same temperature, a dependence of the C10-C20 se-
lectivity on CO conversion can also be observed. Up to a CO conversion
of approx. 30 percent, it seems that the C10-C20 selectivity increases
with higher CO conversion (except for one data point). This demon-
strates that the chain growth also depends on the CO conversion. This
phenomenon is already described elsewhere in literature [31,39–41].
Presumably, water inhibits the hydrogenation of olefins which could
then readsorb and contribute to chain growth.
Consequently, the C10-C20 selectivity is not only a function of the
operating conditions, but is also a function of conversion in a more
complex way.
3.1.3. FT catalyst deactivation
The FT catalyst deactivated over the experiment time of approx.
1100 h. The CO conversion dropped with a rate of 0.2 percent absolute
value per day, and the total decrease in CO conversion during one ex-
periment never exceeded 10 percent absolute value (see Fig. 4 XCO
(Z1) = 18.7% and XCO(z3) = 9.7%). In all, the FT catalyst shows a
reasonable long-term stability considering the much longer time on
stream compared to other studies [28]. Moreover, the fact that the
catalyst has been stressed by numerous test points at operation condi-
tions with high temperature and high CO conversion resulting in high
water pressure further demonstrates its long-term stability. As men-
tioned above, we corrected the measured CO conversions to minimize
the effect of time-dependencies in our analysis. With the help of the
three center points, which we tested at the beginning, at halftime, and
at the end of the experiments, we fitted an exponential decline curve
(eq. (8)) of the CO conversion over time. In this way, we regarded the
CO conversion as a function exclusive of time. We did not consider
dependence on other independent variables, such as the process para-
meters. Within one experiment run, the test points were evenly dis-
tributed over the defined ranges of the considered influencing process
parameters. This means, that for each process parameter, there are the
same number of test points at high level as at low level. Besides, the test
points were run for about the same time (~24 h, see section 2.2).
Therefore, each test point is weighted equally when calculating a time-
dependent deactivation. In reality, deactivation is higher for some test
points (e.g. at high temperature) than for others, but the average de-
activation over several statistically distributed test points is expected to
be similiar. Thus, the dependency of CO conversion can most likely be
reduced to time on stream. The estimated error of this simplification is a
maximum of 5 percent absolute value of CO conversion. Moreover, the
activity decrease of the catalyst is exponential over time, which has also
been observed in numerous other studies [42–46]. We converted all
measured CO conversions to time zero of our experiments. Here, time
zero is defined as the time when we started the experiment run with
center point Z1 (after the running-in phase, see section 2.2).
= ∙ + = − ∙
− −( ) ( )X e X ea c with c at tCO,corrected b CO,measured b0 (8)
where Xco is the CO conversion, t is the time starting from Z1, t0 is the
time of Z1, and a,b are constants. The constants a and b are determined
by an exponential fit of the CO conversions over experiment time of the
three center points (Z1, Z2, and Z3). In case of the FT reference ex-
periment, the constants are: a = 16.3, and b = 254.0. The applicability
of the correction of the CO conversion is shown exemplary at one test
point in the Supplementary Information.
We observed a stronger catalyst deactivation during test points
(Appendix, Fig. 9) with enhanced CO conversion (XCO > 30%), re-
gardless of whether the high conversion is due to a high temperature or
a low WHSV. This indicates that most likely water as a by-product of
the FTS mainly causes the deactivation, which is supported by nu-
merous other studies [47–53].
We did not correct the measured C10-C20 selectivities, which in
theory also depend on the CO conversion, due to the complexity of the
interrelationships.
3.2. Study of the FTS/HC integration
3.2.1. Effect of operating conditions on conversion and selectivity
We also investigated the effect of pressure, temperature, WHSV, and
H2/CO syngas ratio on CO conversion, C10-C20 selectivity, and isomer
selectivity for the integrated FTS/HC experiments in both catalyst bed
configurations. We evaluated the experiments analogously to the FTS
reference experiments. Table 5 summarizes the overall effects.
The CO conversion is primarily determined by the FTS. Hence, we
observe the same effects for the integrated FTS/HC experiments as for
the FTS reference experiment (Table 4 and Table 5).
For both catalyst bed configurations, of the presumed factors, the
influence of temperature on the C10-C20 selectivity is the strongest,
followed by WHSV. The influence of pressure and the H2/CO syngas
ratio on the C10-C20 selectivity is low (Table 5). For the integrated FTS/
HC process, the observed effects of the different influencing factors on
the target values represent a combination of the individual effects on
Fig. 5. C10-C20 selectivity and isomer selectivity over the CO conversion for all
test points of the FT reference experiments. Data is plotted over the original
measured CO conversion.
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the FTS and on HC, respectively. The individual effects can both have
the same sign and amplify each other, or be opposite. In the latter case,
the individual effects can weaken each other or one of them clearly
outweighs the other one. Moreover, the effects are not only based on
the kinetics of FTS and HC, but also on the vapor-liquid equilibrium.
The vapor-liquid equilibrium defines the distribution of each compo-
nent between the vapor and liquid phase. It also determines the volu-
metric ratio between the two phases influencing the residence time of
the liquid phase in the reactor.
Temperature rise leads to an increased C10-C20 selectivity of the
integrated process. The FTS produces more hydrocarbons in the range
of 10 to 20 C-atoms at elevated temperatures (see section 3.1.1). In
addition, the cracking of the long chain hydrocarbons produced by the
FTS is also promoted due to several reasons. Firstly, the cracking rate
increases exponentially with temperature according to Arrhenius law.
Secondly, at higher temperature, dehydrogenation of alkanes to alkenes
becomes increasingly easier. Alkenes are cracked more easily according
to the HC mechanism. Thirdly, the vapour-liquid equilibrium is af-
fected. With rising temperature, the vapor pressure of the hydrocarbons
increases. Then even hydrocarbons of longer chain length occur pre-
ferentially in the vapor phase. This results in a decrease of the volume
of the liquid phase, and the liquid phase also contains fewer short and
middle chain hydrocarbons. Thus, the remaining long chain hydro-
carbons in the liquid phase are more selectively cracked. A lower vo-
lume flow of liquid phase increases the residence time and thus the
fraction of cracked species.
WHSV increase results in a reduced C10-C20 selectivity of the in-
tegrated process. As in the case of the FT reference, a high WHSV re-
duces the total residence time of the reactants over both catalysts re-
ducing the probability for both reactions, FTS and HC, respectively (see
section 3.1.1).
The C10-C20 selectivity of the integrated process is increased with
rising pressure for the sequential catalyst bed, whereas it is decreased
slightly for the hybrid catalyst bed. The FTS produces fewer hydro-
carbons in the range of 10 to 20 C-atoms and more long chain hydro-
carbons at elevated pressure (see section 3.1.1). This means that, with
rising pressure the FTS produces a feed containing more hydrocarbons
with more than 20 C-atoms, which then can theoretically be cracked to
the desired hydrocarbons in the range of C10-C20. However, the influ-
ence of pressure on hydrocracking is complex. On the one hand, high
pressure improves the cracking rate due to increased concentration of
long chain hydrocarbons in the liquid phase. On the other hand, ele-
vated pressure diminishes the cracking due to two reasons. First, as in
the case of low temperatures, high pressure favors hydrogenation of
alkenes to alkanes. Alkanes are cracked less easily according to the HC
mechanism. Second, pressure affects the vapor liquid equilibrium. With
higher pressure, even shorter hydrocarbons occur preferentially in the
liquid phase. The volume of the liquid phase increases, and the liquid
phase contains more short hydrocarbons. From the former, a higher
volume flow of liquid phase reduces the residence time and thus the
fraction of cracked species. From the latter point, the long chain
hydrocarbons are less selectively cracked. Based on these general con-
siderations, we conclude for the case of the sequential bed, that the
effect of the FTS producing more long chain hydrocarbons, which can
be cracked to hydrocarbons in the range of C10-C20, along with the
effect of rising concentration of the liquid long chain hydrocarbons is
dominant. The effects of reduced cracking activity due to a higher al-
kane concentration and shorter liquid residence time are subordinate.
On the contrary, in the case of the hybrid bed, the effect of reduced
cracking activity due to higher alkane concentration and shorter liquid
residence overweighs the effect of a larger amount of long chain hy-
drocarbons produced in the FTS. In the hybrid bed, the average vapor/
liquid ratio and the average absolute hydrogen partial pressure over the
HC catalyst is higher than in the sequential bed, as long chain hydro-
carbons are cracked immediately. The higher significance of the re-
duced cracking activity in the hybrid bed compared to the sequential
bed may also be correlated to the fact that a major part of the formed
heavy products does not have the same residence time on the HC cat-
alyst in the hybrid bed as in the case of the sequential bed. We per-
formed basic simulation studies which could reproduce the opposite
effect of pressure on the sequential and the hybrid bed. However, in the
simulation the influence of pressure on the C10-C20 selectivity is con-
siderably lower than observed in the experiments as no vapor–liquid
equilibrium is considered. For more information about the simulation,
please refer to the Supplementary Information.
A higher H2/CO syngas ratio results in an improved C10-C20 se-
lectivity of the integrated process. This effect is opposite as observed in
the FT reference experiments. Fewer hydrocarbons in the range of C10-
C20 are formed in the FTS (see section 3.1.1). A higher H2/CO syngas
ratio of the FTS results in a higher H2/hydrocarbon ratio for HC. On the
one hand, a high H2/hydrocarbon ratio reduces the partial pressures of
the hydrocarbons and of CO, which promotes hydrogenation of alkenes
to alkanes in FT and on the metallic site of HC. Hence, the cracking
activity of HC should be decreased. However, the increased ratio of
hydrogen hydrocarbons, especially long chain hydrocarbons, seems to
be the predominant effect. When taking into account, that the residence
time of the liquid phase in the reactor is very likely higher than that of
the vapor phase, the ratio of hydrogen to long chain hydrocarbons af-
fects the mass transport between the two phases, and, consequently, the
vapor-liquid equilibrium. The higher the hydrogen flow, the higher the
partial evaporation of the lighter hydrocarbons from the liquid phase.
This leads to a decrease of the volume of the liquid phase, and the liquid
phase contains fewer short hydrocarbons. In turn, the long chain hy-
drocarbons produced in the FTS are more selectively cracked, as ob-
served in the experiments.
All variations of the operation conditions suggest that the isomer
selectivity is positively correlated with every input parameters for both
integration patterns. However, looking at the individual effect of the
related experiment pairs, no clear trend of the effect of pressure, WHSV,
or the H2/CO syngas ratio on isomer selectivity can be identified. This is
shown exemplary for the effect of pressure on the isomer selectivity in
the sequential configuration, see Supplementary Information. Only the
Table 5
Overall effects of pressure, temperature, WHSV, and H2/CO syngas ratio on CO conversion, C10-C20 selectivity, and isomer selectivity for the integrated FTS/HC
experiments with both catalyst configurations, the sequential catalyst bed, and the hybrid catalyst bed. The absolute value of the effects is a measure of how strongly
the factors influence the target values. In case of a positive effect, factor and target value are positively correlated. In case of a negative effect, factor and target value
are negatively correlated. For calculation of the effects, please refer to section 2.4.
CO conversion C10-C20 selectivity Isomer selectivity
sequential hybrid sequential hybrid sequential hybrid
pressure 3.45%* 4.79%* 2.72% −0.42% 1.03% 3.64%
temperature 33.51%* 35.84%* 9.40% 6.14% 1.90% 5.33%
WHSV −16.46%* −18.67%* −3.10% −6.01% 0.33% 2.53%
H2/CO ratio 8.00%* 9.55%* 1.28% 2.36% 0.56% 5.16%
* Corrected CO conversion taking into account catalyst deactivation (see section 3.1.3).
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positive effect of temperature on isomer selectivity can be confirmed.
The isomerization selectivity of the FTS is rather low, regardless of the
input parameters. At higher temperatures, the isomerization rate of the
HC is accelerated. Moreover, dehydrogenation of alkanes to alkenes is
favored. Alkenes are isomerized more easily according to the HC me-
chanism. In all, the trends of the isomer selectivity dependent on the
process conditions for the integrated process do not seem as pro-
nounced as for the HC alone [54] – except for temperature.
As in the case of the FT reference experiments, CO conversion also
affects the C10-C20 selectivity of the integrated FTS/HC process
(Appendix, Fig. 10). The C10-C20 selectivity rises with increasing CO
conversion up to a CO conversion of ca. 30 percent, above which the
effect seems to level off. The isomer selectivity of the integrated FTS/
HC process is not strongly dependent on the CO conversion.
3.2.2. HC catalyst deactivation
In the integrated FTS/HC process, the deactivation of the HC cata-
lyst cannot be investigated separately. Nevertheless, we evaluated the
C21+ selectivity of the three center points for both integration patterns
as a HC catalyst deactivation measure. A deactivation of the HC catalyst
may result in a lower cracking activity of all species. The differences
between the C21+ selectivities are within 5 percentage points over the
time on stream and no clear trend is emerging (center points Z1, Z2, Z3
in Fig. 6c highlighted with crosses). We did not observe significant
differences between the sequential and hybrid configurations with re-
spect to catalyst deactivation. Hence, reasonable long-term stability of
the HC catalyst can be assumed.
3.2.3. Comparison of different catalyst bed configurations
After investigating the influence of the operating conditions on the
conversion and selectivity of both, the FTS process and the two different
integrated FTS/HC processes, we now compare the three processes at
the same conditions. Fig. 6 shows the corrected CO conversion, C10-C20
selectivity, C21+ selectivity, isomer selectivity, and olefin selectivity at
the test points for all three processes. For clarity, we focus on the three
center points and the eight test points at a high temperature of 255 °C
for the selectivities. At the test points with low temperature of 225 °C
(test points 3, 4, 6, 8, 9, 11, 14, 15), the wax production was very low,
resulting in greater uncertainties in data analysis, particularly for the
cracking analysis. Moreover, the influence of CO conversion on C10-C20
selectivity is diminished at tests with higher temperatures and elevated
CO conversion.
The CO conversion of the integrated FTS/HC process is equal to the
CO conversion of the FTS reference process at low conversion levels
(see Fig. 6a). At high conversion levels, the CO conversion is improved
by process integration, whereby the hybrid configuration shows a more
pronounced effect. The average improvement of CO conversion across
all test points is 1.2% for the sequential configuration, whereas it is
8.1% for the hybrid configuration. High CO conversion of the FTS
corresponds to high production of long chain hydrocarbons. The wax
can accumulate in the catalyst bed, impeding the contact between
syngas and FT catalyst due to limited solubility and diffusion of the
syngas in the liquid long chain hydrocarbons. In the hybrid config-
uration, long chain hydrocarbons formed in the FTS are cracked im-
mediately. This results in less wax in the bed, i.e. the interparticle
spaces. The transport of the reactants to the catalyst and the effec-
tiveness factor of the catalyst is improved [55]. Therefore, the CO
conversion is enhanced in the hybrid configuration compared to the
FTS reference. Howerver, this explanation cannot be regarded for the
comparison of the sequential bed with the reference. The reason for the
improvement of CO conversion in the sequential configuration is not
yet fully clear. Against the background, that the improvement is much
smaller compared to the hybrid bed, it might be attributed to un-
certainties due to the correction of the CO conversion. C10-C20 se-
lectivity increases when integrating FTS and HC in one reactor com-
pared to the FT reference experiment (see Fig. 6b). At some test points,
even the theoretical maximum C10-C20 selectivity of 40 percent of only
FTS, derived from the ASF distribution, is exceeded. There is no clear
trend whether the sequential or hybrid configuration shows a better
performance. It is important to emphasize that from the analysis of the
full product spectrum mainly ideal hydrocracking takes place under all
investigated process conditions. The selectivity of the overall process
towards methane and short chain hydrocarbons does not increase sig-
nificantly. Information about the C1-C9 selectivity are provided in the
Supplementary Information. Hence, multiple cracking of long chain
hydrocarbons can be excluded.
C21+ selectivity of the overall process decreased, as expected, with
the coupling of FTS and HC (see Fig. 6c). The cracking activity seems
higher in the hybrid configuration than in the sequential configuration.
One explanation may be based on the vapor-liquid equilibrium. In the
case of the hybrid configuration, the gas/wax ratio is higher at each
point of the reactor and thus the HC catalyst. This results in a higher
liquid concentration of C21+. This seems to overcompensate the lower
residence time of long chain hydrocarbons on the HC catalyst as not all
formed wax gets in contact with the whole amount of cracking catalyst.
Furthermore, the difference in the cracking activity is also influenced
by the water content. The acid sites of the zeolite catalyze cracking and
isomerization. Water is known to negatively affect the acidity [56]. The
HC catalyst has to resist a higher average water partial pressure in the
sequential configuration, as water is a by-product of the FTS.
By integrating FTS and HC, the isomer selectivity increases (see
Fig. 6d). Cracking is always accompanied by isomerization. More iso-
mers are formed in the hybrid configuration compared to the sequential
configuration. This is in line with the cracking activity and C21+ se-
lectivity.
The olefin selectivity of the FTS reference experiment was between
20 and 30 percent. In the integrated FTS/HC experiments, the olefin
selectivity was lower, demonstrating the hydrogenation function of the
HC catalyst even under presence of CO (see Fig. 6e). More olefins are
hydrogenated in the sequential configuration compared to the hybrid
configuration. The metal site of the HC catalyst is responsible for the
hydrogenation. Carbon monoxide could adsorb and block the metal
sites, as already demonstrated in other studies [33,34]. The HC catalyst
is exposed to a higher average CO partial pressure in the hybrid con-
figuration compared to the sequential configuration, which is dis-
advantageous. A low olefin content in the synthetic fuel is desirable as it
positively affects the ageing behavior of the fuel [14,57,58] and is re-
quired especially for the application of kerosene.
3.2.4. Proposal of elaborated catalyst configurations
When comparing the sequential catalyst configuration with the
hybrid one for the integrated FTS/HC process, there is no distinctive
difference of the C10-C20 selectivity. However, the hybrid catalyst
configuration shows an elevated CO conversion at overall high con-
version levels. We aim for a high CO conversion to increase the effi-
ciency of the process. Besides, the isomer selectivity and olefin se-
lectivity are clearly higher in the hybrid configuration. Technically,
high isomer selectivity improves the cold flow properties of the syn-
thetic liquid fuel, while a low olefin selectivity improves the long-term
stability of the fuel. In summary, the hybrid configuration is advanta-
geous in terms of CO conversion and isomer selectivity. The sequential
configuration is advantageous in terms of olefin selectivity. The average
water and CO partial pressure exposed to the HC catalyst seems to be
the main influence parameters on the isomer and olefin selectivity re-
spectively. To combine the advantages of the hybrid and the sequential
catalyst bed, we suggest new catalyst bed configurations: sequential
arrangement of FT catalyst followed by a hybrid mixture of FT and HC
catalyst, as well as a catalyst bed with linearly decreasing amount of FT
catalyst and simultaneous linearly increasing amount of HC catalyst
(Fig. 7). This should lower olefin selectivity while maintaining high CO
conversion and isomer selectivity. In both proposed new catalyst con-
figurations, the HC catalyst is exposed to a lower average partial
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pressure of CO than in the hybrid configuration. We performed basic
simulation studies that lead us to suppose that with regard to the partial
pressure of CO the effect of CO consumption and hydrocarbon pro-
duction in the FTS overweighs the effect of decreasing H2/CO ratio with
increasing conversion of the FTS. For more information about the si-
mulation, please refer to the Supplementary Information. Moreover, the
HC catalyst is exposed to a lower average partial pressure of H2O than
in the pure sequential configuration. The mass of HC catalyst in relation
to the mass of FT catalyst may also be reduced while still showing
sufficient cracking of the long chain hydrocarbons. Dilution may also
not be required in a microreactor.
Fig. 6. a. CO conversion (corrected), b. C10-C20 selectivity, c. C21+ selectivity, d. isomer selectivity, e. olefin selectivity for the FTS reference experiment and the
integrated FT/HC experiments with both, sequential and hybrid catalyst bed for different test points. For the operating conditions of each test point, please refer to
Table 2 and Table 3. The measured C21+ selectivities of the three center points (marked with crosses) are a measure for the deactivation of the HC catalyst during the
experiments.
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4. Conclusions
This experimental study shows the influence of different operation
conditions such as pressure, temperature, WHSV, and H2/CO syngas
ratio on the productivity and selectivity of an integrated FTS/HC pro-
cess producing synthetic liquid fuels. Going beyond existing literature
studies, in addition to the chain length distribution, we also evaluated
the type of produced hydrocarbons, distinguishing between n-alkanes,
iso-alkanes and olefin. The type of produced hydrocarbons considerably
affects the product quality. We integrated FTS and HC at the reactor
level in a single micro-structured reactor to simplify the conventional
process with product separation in between FTS and HC. Process sim-
plification is especially important for decentralized small-scale plants in
context of energy transition. We investigated the integrated FTS/HC
process with two different catalyst bed configurations: the sequential
configuration with serial arrangement of FT and HC catalyst, and the
hybrid configuration with physical mixture of both catalysts. By ap-
plying a factorial design approach, this study systematically demon-
strates the effects of the considered process parameters on the target
parameters such as CO conversion, C10-C20 selectivity, isomer and
olefin selectivity. The statistical planning of experiments avoids mis-
interpretation of the experimental data due to time-dependent phe-
nomena such as deactivation of both catalysts over the time of the
experiments. This way our study goes beyond existing literature studies.
We aim for a high CO conversion and a high selectivity towards our
desired product of hydrocarbons in the range of 10–20 C-atoms. At the
same time, we aim for a high isomer selectivity and a low olefin se-
lectivity to improve the cold flow properties and the stability of the fuel.
This study does not investigate single effects in detail but focuses on the
identification of significant process parameters for the practical appli-
cation of PtL plant. To the best of our knowledge, no other study on an
integrated FTS/HC process as extensive as this one has been carried out,
accounting for not only the fuel selectivity, but also the product quality.
The integration of FTS and HC is beneficial, as the coupling of these
two reactions facilitates a higher C10-C20 selectivity of the overall
process, and, under certain conditions, a boosted CO conversion.













Fig. 7. Proposed elaborated catalyst configurations for integrated FTS/HC ex-
periments. In the sequential/hybrid configuration (seq/hybrid) FT catalyst and
a hybrid bed of FT catalyst mixed with HC catalyst are arranged in series; in the
gradient configuration the amount of FT catalyst is linearly decreasing, whereas
the amount of HC catalyst is linearly increasing. The catalysts are diluted with
inert α –Al2O3.
Fig. 8. C10-C20 selectivity, C21+ selectivity, isomer selectivity, and olefin selectivity over the CO conversion for both FT reference experiments. Data is plotted over
the uncorrected (time-dependent) measured CO conversion. For both FT reference experiments, the catalyst bed contained only FT catalyst mixed with inert α-Al2O3.
The arranged distribution of the FT catalyst over the reactor is distinguished between sequential bed and hybrid bed arrangement.
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decreases even under the presence of CO.
The impacts of the operating conditions on the integrated FTS/HC
process are complex. The effects of the process conditions on FTS and
HC could be detrimental and they do not only influence the kinetics but
also the vapor-liquid equilibrium and therefore the reactor hydro-
dynamics. A high temperature and a low WHSV strongly improve the
CO conversion and the selectivity of the integrated process towards
hydrocarbons with a chain length of 10–20 C-atoms. We suggest op-
erating PtL plants at 255 °C, the highest temperature studied. Regarding
the WHSV, it exists an optimum with respect to the productivity of the
integrated process. Pressure and H2/CO syngas ratio affect CO con-
version and C10-C20 selectivity only slightly. We suggest running this
PtL process at 20 bar for economic considerations due to less required
compression energy. Furthermore, this PtL process can easily compen-
sate fluctuations in the synthesis gas composition – depending on the
source of syngas or the availability of renewable energy – to a certain
degree. In general, it is important to run the integrated FTS/HC unit at
high CO conversion. Independently from the process conditions, a high
CO conversion positively affects the C10-C20 selectivity. Tailor-made
reactors promoting heat and mass transfer are very well suited to reach
high per pass conversions. The isomer selectivity of the integrated
process is not heavily affected by the operating conditions, but by the
integration pattern. The integration pattern also affects the olefin se-
lectivity. The hybrid configuration showed a higher isomer selectivity,
whereas the sequential configuration showed a lower olefin selectivity.
The main reason for the influence of the integration pattern on the
isomer and olefin selectivity seems the suboptimal operation conditions
of the HC catalyst in the integrated FTS/HC process. The HC catalyst is
exposed to water and CO. However, the stability of both catalysts under
suboptimal reaction conditions of the integrated process is proven
feasible. In line with existing literature studies we confirm that the
hydrid configuration is advantageous over the sequential configuration
in terms of cracking activity of the FT waxes. However, we would like to
emphasize that the high olefin content of the liquid fuel negatively
affects its quality. Therefore, we came up with elaborated catalyst
configurations aiming for maximizing isomer selectivity while mini-
mizing olefin selectivity. For practical application, we suggest focusing
on a high isomer selectivity, as the crude product of PtL processes can
be hydrogenated again relatively easily in case of too high olefin con-
tent. As the lower average residence time of long chain hydrocarbons
on the HC catalyst in the hybrid configuration did not seem to have a
dominant effect, the mass ratio of FT and HC catalyst could also be
reduced.
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